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Abstract
Radial solids velocity profiles were computed on seven axial levels in the riser of a high-flux circulating fluidized bed (HFCFB) using a two-

phase 3-D computational fluid dynamics model. The computed solids velocities were compared with experimental data on a riser with an internal

diameter of 76 mm and a height of 10 m, at a high solids flux of 300 kg m�2 s�1 and a superficial velocity of 8 m s�1. Several hundreds of

experimental and numerical studies on CFBs have been carried out at low fluxes of less than 200 kg m�2 s�1, whereas only a few limited useful

studies have dealt with high solids flux. The k–e two-phase turbulence model was used to describe the gas–solids flow in an HFCFB. The model

predicts a core–annulus flow in the dilute and developed flow regions similar to that found experimentally, but in the region of highest solids

concentration it is somewhat overpredicted at the level close to the inlet.
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1. Introduction

Two-phase turbulent flows (gas–solids) are involved in many

industrial processes such as pneumatic conveyance of particulate

materials, gasification, combustion and treatment of environ-

mental pollution. The fast fluidization operation, which occurs

under turbulent conditions and has been used since 1942 for the

catalytic cracking process, has been responsible for this

becoming the most important oil refinery conversion process,

indispensable for modern refineries. Catalytic cracking is a

chemical process whose goal is to increase the production of

gasoline and liquefied petroleum gas (LPG) in refineries, by

converting heavy fractions produced by the distillation of oil.

The dynamic behavior of a high-flux gas–solids fluidized

bed is defined by the complex interaction between its individual

phases. Previous research indicates that this type of flow can be

described as having a dense area at the bottom of the riser and a

dilute region in its upper section. The radial flow is defined as
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core–annulus, as it has a dilute central solids region with high

velocities for both fluid and solids and a high solids

concentration near the walls.

In fast fluidization, two different forms of distribution along

the riser are usually observed. One of these, where the

particulate solids are distributed relatively uniformly along the

riser, is shown in Fig. 1(a). In the other, however, there are two

completely different phases coexisting in the riser, i.e., a dense

phase at the bottom and a dilute phase at the top of the riser, as

shown in Fig. 1(b). The circumstances under which these

different particulate arrangements occur have not been

explained in the literature [8,9].

The nature of the particle distribution – as a continuous

dense phase maybe containing bubbles, a continuous gas phase

maybe containing clusters or a combination of these – depends

on the gas rate. If the gas rate is low, a dense bed will form.

However, if the gas rate is high, a dilute system will develop.

At low gas rates with dense bed formation, just a portion of

the riser must be fed. An example of this is a system where the

riser is high and the pressure drop requirement is low. Solids

circulation around the circuit occurs as a result of the solids

transition from the dense phase to the dilute phase.

This transition rate decreases with the height of the dense

phase surface, and then the spreading of the solids in a dilute
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Nomenclature

Cd drag coefficient

Cm, Ce1, Ce2, sk, se constants of the turbulence model

dp particle diameter (m)

G elasticity modulus (Pa)

k turbulent kinetic energy (m2 s�2)

P mean pressure (Pa)

Pk turbulence production (m2 s�3)

Re Reynolds number

Sm momentum transformation

Sr source term of continuity

U superficial velocity (m s�1)

~v velocity vector (m s�1)

x, y, z spatial coordinate (m)

Greek letters

a volume fraction

bm
gs momentum transfer coefficient

e edge turbulent dissipation (m2 s�3)

m laminar viscosity (Pa s)

mt turbulent viscosity (Pa s)

us particle sphericity

r density (kg m3)

Subscripts

g related to the gas phase

s related to the particulate phase

Fig. 1. Two different forms of solids distribution in the riser.
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phase occurs. If the gas rate is increased in the system, the dense

phase level will increase and the rate of solids transition from

the dense phase to the dilute phase will also be at a higher level.

This corresponds to the conveying mechanism analyzed and

described by He and Rhodes [8] and Rhodes and Geldart

[19,20].

In high particulate solids flow (300 kg m�2 s�1), Pärssinen

and Zhu [18] observed that with the increase in gas superficial

velocity, the dense and dilute regions start at lower axial levels,

suggesting a faster flow development. However, when the solids

flow increases, there is not a significant change in the measured

properties of the development at a constant gas velocity. In this

experiment, they showed that the particle acceleration (and

consequently the development of the flow) departs from the

center and extends to the wall. This dictates the development of

the radial profiles of particle velocity.

Multiphase flow equations have been developed and

analyzed by many researchers, such as He and Rudolph [8],

Theologos and Markatos [24] and Ali and Rohani [1]. However,

Soo [23] is credited with the mathematical approach to this type

of flow. Rietema and van der Akker [21] presented a detailed

derivation of the momentum equations for disperse two-phase

systems, Michaelides [15] developed a model based on the

phenomenological methods for the behavior of the variable

density in pneumatic conveying lines and Crowe [6] reviewed

the numerical models for dilute gas particle flow.
Currently, two of the most well-known methods for the

mathematical modelling of the particulate solids phase in

numerical simulations of gas–solids flows are the discrete

particle simulation and the two-fluid approach. In both

approaches the gas phase is described as a local average of

the Navier–Stokes equation and both phases are usually

connected by a drag force. At first, the dense gas–solids

problem could be resolved using just the Newton motion

equations for each suspended particle and the Navier–Stokes

equation for the gas phase. However, due to the large number of

particles, the resultant number of equations would be very large

to allow a direct solution, at least with the computer capacity

currently available. Thus, the particulate solids phase is also

treated as a continuous phase, exposed to the analogous

conservation equations for the fluid phase. The Eulerian–

Eulerian approach (two fluids approach) proved to be capable

of predicting the gas–solids flow, as seen in the research

realized by Meier and Mori [12] and Alves et al. [3–5].

In general, the performance of the current models critically

depends on the accuracy of the formulation of the drag force,

which has been extensively analyzed in many studies on

multiphase flows. However, as the drag force follows empirical

models, it is of extreme importance that this model be evaluated

in accordance with the equipment employed. Gidaspow [7]

presented a model for the gas–solids drag correlation, which

proved to be sufficiently satisfactory for cyclone flows [14,12]

and for riser-type reactors [2,3].

Intending to analyze the physical properties of the gas–solids

flow inside risers only along height, several authors, such as Ali

and Rohani [1] and Martignoni and de Lasa [11], have presented

unidimensional models. These models allowed the simulation up

to 500 min and evaluation of the dynamic response of the system.

Nieuwland et al. [17] proposed the use of a cylindrical bidi-

mensional geometry, where only one sector of the reactor was

calculated. With this model, the same authors were able to get

radial profiles, showing the existence of radial segregation. Using

a rectangular bidimensional geometry without axial symmetry,

Samuelsberg and Hjertager [22] observed the formation of

clusters and also noted that the concentration profile followed the

standard core–annulus profile. In the research of Neri and

Gidaspow [16], both Cartesian and cylindrical bidimensional

geometries (with and without axial symmetry surfaces) were

compared. They observed that the results obtained with Cartesian

bidimensional geometry with axial symmetry were similar to
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those obtained with cylindrical bidimensional geometry. The

effect of turbulence on particle motion in gas–solids suspension

was analyzed by Yoshida and Masuda [25], Crowe [6], Alves

et al. [3] and Zhang and Reese [26].

2. Mathematical model

The equations used for the gas and particulate solids phases,

which are included in the description of the mathematical model,

were developed with an Eulerian–Eulerian phenomenological

approach, assuming a continuous and interpenetrating repre-

sentation of the phases that ignores the material discontinuity and

its composition (atoms, molecules and particles); in other words,

molecular interactions are rejected. Differential equations in the

balance are formulated for mass and momentum treating the gas

phase as incompressible. According to this approach, different

phases can divide the same control volume at the same instant.

The k–e model was applied to determine the influence of

turbulence on the gas phase. Appropriate constitutive equations

are specified for the description of the rheological physical

properties of each phase and for the closure of the conservation

equations.

2.1. Momentum and continuity conservation equations

The momentum and continuity conservation transient

equations for each phase (gas andparticulate solids) are as follow:
� C
ontinuity equation, gas phase

@

@t
ðagrgÞ þ

@

@x
ðagrgvg;xÞ þ

@

@y
ðagrgvg;yÞ þ

@

@z
ðagrgvg;zÞ

¼ Sr
g (1)
� C
ontinuity equation, particulate solids phase

@

@t
ðasrsÞ þ

@

@x
ðasrsvs;xÞ þ

@

@y
ðasrsvs;yÞ þ

@

@z
ðasrsvs;zÞ ¼ Sr

s

(2)

where ag and as are the volume fractions; rg and rs are the

density of both phases, gas and particulate solids, respec-

tively;~v is the velocity vector, which can be decomposed into

vx, vy and vz; and Sr
i represents the source term of continuity

for each phase.

In the particular case of this research, the mass source

terms are null due to the assumption of no mass transfer

between phases.

Sr
g ¼ Sr

s ¼ 0 (3)
� M
omentum equation, gas phase (x direction)

@

@t
ðagrgvg;xÞ þ

X
j¼x;y;z

@

@j

�
agrgvg;xvg;j � agmg

�
@vx

@j
þ @vj

@x

��

¼ Sm
g;x (4)

Sm
g;x ¼ bm

gsðvs;x � vg;xÞ þ agrggx �
@ pg

@x
(5)
� M
omentum equation, gas phase (y direction)

@

@t
ðagrgvg;yÞ þ

X
j¼x;y;z

@

@j

�
agrgvg;yvg;j � agmg

�
@vy

@j
þ @vj

@y

��

¼ Sm
g;y (6)

Sm
g;y ¼ bm

gsðvs;y � vg;yÞ þ agrggy �
@ pg

@y
(7)
� M
omentum equation, gas phase (z direction)

@

@t
ðagrgvg;zÞ þ

X
j¼x;y;z

@

@j

�
agrgvg;zvg;j � agmg

�
@vz

@j
þ @vj

@z

��

¼ Sm
g;z (8)

Sm
g;z ¼ bm

gsðvs;z � vg;zÞ þ agrggz �
@ pg

@z
(9)

where mg is the viscosity and Sm
g represents the momentum

transformation of the gas phase.

Analogous equations can be written for the particulate

solids phase, considering that the source term expression

for pressure force is adjusted with an appropriate

expression:
� M
omentum equation, particulate solids phase (x direction)

@

@t
ðasrsvs;xÞ þ

X
j¼x;y;z

@

@j

�
asrsvs;xvs;j � asms

�
@vx

@j
þ @vj

@x

��

¼ Sm
s;x (10)

Sm
s;x ¼ bm

gsðvg;x � vs;xÞ þ asrsgx � G
@as

@x
(11)

where the term G(@as/@x) in Eq. (11), coupled to the

source term, is a simple model for the solids pressure

adjustment (fluidized bed case), which is related to all

other spatial directions. G represents the elasticity mod-

ulus; the convenient form to express it is given by Eq. (12)

[8]:

G ¼ G0 exp½�kðas � as;maxÞ� (12)

with typical values of k = 600, G0 = 1.0 Pa and as,max =

0.62.
� M
omentum equation, particulate solids phase (y direction)

@

@t
ðasrsvs;yÞ þ

X
j¼x;y;z

@

@j

�
asrsvs;yvs;j � asms

�
@vy

@j
þ @vj

@y

��

¼ Sm
s;y (13)

Sm
s;y ¼ bm

gsðvg;y � vs;yÞ þ asrsgy � G
@as

@y
(14)
� M
omentum equation, particulate solids phase (z direction)

@

@t
ðasrsvs;zÞ þ

X
j¼x;y;z

@

@j

�
asrsvs;zvs;j � asms

�
@vz

@j
þ @vj

@z

��

¼ Sm
s;z (15)

Sm
s;z ¼ bm

gsðvg;z � vs;zÞ þ asrsgz � G
@as

@z
(16)
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where Sm
s represents the momentum transformation in the

particulate solids phase.

2.2. Turbulence

Turbulence is the elemental key in a rapid particles–fluid

mixture flow. It is characterized, according to Reynolds, as the

appearance of instabilities in an originally stable flow (the

laminar condition), which increase as a nonlinear process and

finally develop in a turbulent regime. Due to the fact that fast

fluidization operations in riser-type reactors remain under

turbulent conditions, the coupling of adequate models to

describe the turbulent fluctuation effects is necessary.

The k–e turbulence model, in which the velocity and length

scales are determined with separate transport equations, is used

extensively for the determination of gas-phase turbulence

because it offers good agreement between numeric effort and

computational accuracy. Turbulent kinetic energy k is defined

as the variation in velocity fluctuations. The edge turbulent

dissipation e is defined as the rate at which the velocity

fluctuations dissipate and it has dimensions of k per time unit.

The exact determination of the effective viscosity of the

particulate solids phase is fundamental in attaining the radial

distribution of the particles, and consequently, all the fluid

dynamics variables [2]. The dispersion models for the particulate

solids phase applied to this research were the Newtonian

constant transfer coefficient (around 1% higher than gas-phase

dynamic viscosity) and null viscosity (inviscid). The effective

viscosity is the sum of dynamic viscosity and turbulent viscosity:

mg;ef ¼ mg þ mg;t (17)

where mg;t is the turbulence viscosity.

The model assumes that turbulent viscosity depends on the

turbulent kinetic energy and the turbulent kinetic energy

dissipation, through the relation proposed by Prandtl and

Kolmogorov:

mg;t ¼ Cmrg

k2

e
(18)

where Cm is a constant of the turbulent model with a value of

0.09.

The values of k and e are given directly by solution of the

differential transport equations for the kinetic energy and

turbulent dissipation rate (Eqs. (19) and (20), respectively):

@

@t
ðagrgkÞ þ r � ðagrg~vgkÞ

¼ r �
��

mg þ
mg;t

sk

�
rk

�
þ Pk � agrge (19)

@

@t
ðagrgeÞ þ r � ðagrg~vgeÞ

¼ r �
��

mg þ
mg;t

se

�
re
�
þ e

k
ðCe1Pk � Ce2agrgeÞ (20)

where Ce1, Ce2, sk and se are constants of the k–e turbulence

model with values of 1.44, 1.92, 1.0 and 1.3, respectively. Pk is
the production of turbulence due to the viscous forces and

buoyancy forces, expressed by

Pk ¼ mg;trug � ðr~vg þr~vT
g Þ � 2

3
r �~vgð3mg;tr �~vg þ agrgkÞ

þ Pkb (21)

2.3. Constitutive equations

2.3.1. Continuity between the phases

X
i

ai ¼ ag þ as ¼ 1 (22)

2.3.2. Interphase momentum exchange

The coefficients of friction or drag between fluid and

particles are obtained from standard correlations with the

negligence of acceleration. Without acceleration, friction on the

wall or gravity, the unidimensional momentum balance for the

gas phase is

ag

@ pg

@x
� bm

gsðvg � vsÞ ¼ 0 (23)

The momentum transfer coefficient bm
gs is obtained by compar-

ison with Eq. (23), which results in the Ergun equation [10]:

D p

Dx
¼ 150

a2
s mgU

a3
gðusd2

pÞ
þ 1:75

U2asrg

a3
gðusdpÞ

(24)

where U is the superficial velocity, U ¼ agðvg � vsÞ, and us is

the particle sphericity; in this particular case, us = 1 was used.

The comparison between Eqs. (23) and (24) shows that for

dense regimes (with ag < 0.8), the momentum transfer

coefficient between gas phase and particles is in accordance

with the following equation:

bm
gs ¼ 150

a2
s mg

agd2
p

þ 1:75
jvs � vgjasrg

dp

(25)

where dp is the particle diameter of the catalyst.

For porosities higher than 0.8, the expression for pressure

drop results in the following equation for the interphase

momentum transfer coefficient (Crowe [6]); this was also used

in the simulation of Meier and Mori [13]:

bm
gs ¼

3

4
Cd

jvs � vgjasrg

dp

a�2:65
g (26)

The Reynolds equation for the particle is given by

Rep ¼
jvs � vgjrgdp

mg

(27)

The drag coefficient, Cd, applied to Eq. (26), is a function of the

Reynolds number and behaves according to (for Rep < 1000)

Cd ¼ a�1:65
g max

�
24

Rep ag

ð1þ 0:15ðRepagÞ0:687Þ
�

(28)



Table 1

Solids viscosity used in the simulations

mg (kg m�1 s�1) Time (s)

Case 1 0 15

Case 2 1.85 � 10�5 15

Case 3 1.85 � 10�5 37

Fig. 3. Numerical mesh details at the entrances and the exit of the equipment.
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or (for nonlaminar flows, with Rep > 1000)

Cd ¼ 0:44 (29)

3. Simulation

The simulated model basically consists of a turbulent flow,

where two phases enter into contact; a gas phase formed by air

at 25 8C with a controlled humidity of 70% and a particulate

solids phase composed of catalysts. The particles are

considered smooth, spherical and inelastic, with an average

diameter of 67 mm and a density of 1500 kg m�3. Table 1

shows three conditions for solids viscosity.

Due to the force of the fluid phase, which achieves the

effective weight of particles, these accelerate and move in the

flow direction, characterizing the fast fluidized regime in a

short space of time along the equipment. In the vertical

cylindrical duct (riser), the phases are fed at the base, forming

angles of 08 (for the gas-phase entrance) and of 458 (for the

particulate solids-phase entrance) in relation to the riser. The

exit is located at the top at an angle of 908, in accordance with

Fig. 2.

The measurements were taken at seven axial levels of the

equipment, which has a height of 10 m and an internal diameter

of 76 mm (z = 1.53 m, 2.73 m, 3.96 m, 5.13 m, 6.34 m, 8.74 m

and 9.42 m) and at its respective radial position in accordance

with the experimental data of Pärssinen and Zhu [18].

3.1. Boundary conditions

At the entrance, all velocities and concentrations of both

phases are specified. The gas-phase pressure, treated as

incompressible, was defined at the exit, assuming atmospheric

pressure. As initial conditions, the superficial gas velocity is
Fig. 2. Entrances (a) and exit (b) of the analyzed riser.
specified as 8 m s�1 and the solids flow as 300 kg m�2 s�1. At

the walls, the gas-phase velocity is zero; the particulate solids-

phase velocity has a free-slip condition.

3.2. Mesh and computational code

The nonstructured mesh is composed of 585,000 control

volumes. The details of its refinement, both at the entrances and

at the exit, are presented in Fig. 3. The length of the control

volumes together near the walls is approximately 1 mm in the

radial direction. The time step is on the order of 10�3 s.

Adaptation of the mathematical model for the numerical model

generation was achieved with the use of the ANSYS CFX 10.0

commercial simulator, which is based on the finite volume

method, incorporating the higher upwind interpolation scheme.

4. Results and discussion

4.1. Mesh tests

Initially the numerical meshes were tested done and the one

that had the best behavior in the standard flow would be used to

begin the simulations for the real process. The particle velocity

radial profiles for the HFCFB riser were analyzed, using the

same conditions as those proposed by Pärssinen and Zhu [18].

In the dependency evaluation of the flow with the numerical

mesh, it is known that an adequate number of control volumes is

of extreme importance to avoid numerical errors, which is not

possible with less refined meshes. Thus, seven meshes, with

234,000, 337,000, 417,000, 470,000, 585,000, 635,000 and

828,000 control volumes, respectively, were tested.

The mathematical model used for numerical mesh simula-

tion was monophase, in accordance with the practice normally

adopted, i.e., the flow inside the equipment is purely gaseous,

subjected to conservation equations of continuity and

momentum for each phase.

The simulations with different meshes resulted in the

following observations:
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� A
xial dependency (r = 0 m and z = 0–10 m): There is not a

significant influence on the mesh refinement in the axial

direction. However, a slight variation was verified in the less

refined mesh in the feed contact region, which is considered a

critical point in the equipment.
� R
adial dependency (z = 0.3 m): In this transversal section,

practically in the feed contact region, the radial behavior of

the flow is analogous to that described for the axial

dependency.
� R
adial dependency (z = 5.0 m): In the transversal section at

the center of the riser, an insignificant influence of the refined

mesh is still observed; all meshes provided the same

qualitative profile and quantitative profile.
� R

Fig. 4. Profiles of solids velocity at a height of 1.53 m.

Fig. 5. Profiles of solids velocity at a height of 2.73 m.

Fig. 6. Profiles of solids velocity at a height of 3.96 m.
adial dependency (z = 9.5 m): Dependency on the refined

mesh is more noticeable in the exit region, despite the tenuous

difference. However, this does not modify the qualitative

results.

Then the mesh composed of 585,000 control volumes was

chosen; this was shown to be in accordance with the established

standards (i.e., there is not a significant difference between the

calculated flow of this mesh and those of more refined ones).

4.2. Dispersion model verification

The simulations carried out throughout this research showed

that in each one of the transversal sections, there are three distinct

zones: a dilute central zone (i.e., a zone where the particle

concentration is very low, and consequently its velocity is high,

that extends from the radial center (r = 0) to approximately

r = 0.02 m; an intermediate zone with a moderate particle

velocity (approximately between r = 0.02 m and 0.032 m); and a

wall zone with a low particle velocity that extends from

approximately r = 0.032 m to 0.04 m.

In the axial direction, different regions were also observed: a

region of phase contact where the highest solids concentration

along the equipment is seen, from the bottom section of the riser

extending to a height of approximately 4 m; a middle region

with intermediate solids holdups normally observed under low-

flux conditions from 4 m to 8 m of height; and a dilute region at

the top where the low solids concentration is observed from

approximately h = 8 m up to the end of the reactor (h = 10 m).

The fluid dynamics behavior of the HFCFB is similar to that

observed under low-flux conditions. However, the solids

concentration near the wall region is much higher in the

HFCFB than that found under the low-flux conditions.

Different simulations were realized to discover the flow

dynamics in terms of the dispersion model used for the solids

phase. One of these considered the solids as inviscid and the

other considered a constant value of particles viscosity as 1%

higher than the gas-phase viscosity. These simulations were

carried out until a real time of 15 s was reached. Both

simulations showed that the inviscid dispersion model, which

considers inviscid particles, has a satisfactory qualitative

behavior from the middle region to the top dilute region.

However, it does not fit the region of high solids concentration

(h = 0–4 m).
Figs. 4 and 5 show the profiles of solids velocity in the dense

region (h = 1.53 and 2.73) of high solids concentration. It can

be observed that the inviscid model has quantitative behavior in

the central zone and better results than when used with the

constant coefficient Newtonian model (case) 2, but this

behavior is inverted closer to the wall.

Figs. 6–8 show the profiles of velocity in the middle flow

region at heights of 3.96 m, 5.13 m and 6.34 m, respectively.

The computed profiles predict better with experiments in the



Fig. 7. Particulate solids velocity at a height of 5.13 m.

Fig. 8. Profiles of solids velocity at a height of 6.34 m.

Fig. 10. Profiles of solids velocity at a height of 9.42 m.

Fig. 11. Profiles of solids velocity at a height of 1.53 m.
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entire zones by using the constant Newtonian coefficient

(case 2) than the inviscid model (case 1). This becomes

relevant in the region close to the wall. The results obtained

with constant Newtonian coefficient follow the curve tendency

satisfactorily.

Figs. 9 and 10 show profiles of velocity in the dilute region at

heights of 8.74 m and 9.42 m, respectively. Both models

showed great agreement with the experimental data. This shows
Fig. 9. Profiles of solids velocity at a height of 8.74 m.
that the dispersion model does not have a pronounced influence

when solids concentration is low.

4.3. Radial profiles of the solids-phase velocity

The radial profiles of the solids-phase velocity were

computed numerically at 37 s of real time, using a constant

value for the solids-phase viscosity and the averaging procedure
Fig. 12. Profiles of solids velocity at a height of 2.73 m.



Fig. 13. Profiles of solids velocity at a height of 3.96 m. Fig. 15. Profiles of solids velocity at a height of 6.34 m.

Fig. 16. Profiles of solids velocity at a height of 8.74 m.
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at each iteration. This procedure showed good agreement

between the volume fraction of the solids phase and the

experimental data found in [18].

Figs. 11 and 12 show the dense region in the bottom section

of the riser at heights of 1.53 m and 2.73 m, respectively. With

the increase in computational time (case 3), one can see a better

representation of the solids velocity profiles. Although the

simulated results of case 3 somewhat overpredicted in the core

and near the wall, one can see that the profiles in both figures

show the tendency of the experimental data in the annulus

region. The discrepancies between experimental and predicted

results may be due to the fact that the solids-phase viscosity was

considered constant. This parameter needs to be considered as a

function of solids volume fraction in order to have a better

representation of the radial profile of solids velocity.

Figs. 13–15 (at heights of 3.96 m, 5.13 m and 6.34 m,

respectively) show the middle flow region. The results show

good agreement in the core and annulus regions and a slight

overprediction at a height of 6.34 m.

Figs. 16 and 17 (at heights of 8.74 m and 9.42 m,

respectively) show the dilute region. The predicted radial

solids velocities show good agreement with the measurements

in both the core and annulus in the dilute region, except in the

core regions for case 3 at a height of 8.74 m.
Fig. 14. Profiles of solids velocity at a height of 5.13 m.
In the wall region the particle velocity remains low until an

approximate height of 6 m and increases slowly until reaching

the dilute region at the top. Under a high solids flux, most of the

particles are seen to flow upwards at the wall region. Under

these conditions, the core–annular structure of the fast

fluidization coexists with the ascending dense suspension.

With the increase in solids flow at a constant superficial velocity
Fig. 17. Profiles of solids velocity at a height of 9.42 m.
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of the gas phase, the upward flow of the dense suspension is in

the dense region, while the fast fluidization is found in a higher.

The velocity of the particulate solids phase is, in fact, higher in

the central region than in the wall zone at all axial positions;

along the riser axis, however, the velocity of the phase increases

normally and slowly in the wall zone, reaching values greater

than 10 m s�1 in the region of full flow, also in agreement with

experimental data from [18].

5. Conclusions

Research dealing with high solids fluxes is required to

improve and optimize the existing industrial HFCFBs. The k–e
gas-particle turbulence model is compared against experi-

mental radial solids velocities on seven axial levels in a 76 mm

ID and at a height of 10 m in a high-flux circulating fluidized

bed (HFCFB) at a high flux of 300 kg m�2 s�1 and a superficial

velocity of 8 m s�1. The HFCFB riser is divided into three

regions with a dense solids region in the bottom section (h = 0–

4 m), a developed flow (h = 4–8 m) and a dilute region in the

upper part (h = 8–10 m). The predicted radial solids velocities

show good agreement with the measurements in both the core

and annulus in the dilute region, except in the core regions for

case 3 at a height of 8.74 m. The model predicts a core–annulus

flow similar to that found experimentally in the middle flow

region for cases 1–3, except at a height of 5.13 m, where a small

deviation was seen. For all cases studied, the results

overpredicted the velocity profiles in the dense region. The

discrepancies between experimental and predicted results in the

dense region may be due to the dependence of the effective

viscosity on the solids volume fraction along the radial and

axial directions.
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